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a b s t r a c t
The catalytic steam reforming of biodiesel was examined over Ni-alumina and Ni–ceria–zirconia cata-
lysts at atmospheric pressure. Effects of temperatures of biodiesel preheating/vaporising (190–365 ◦C)
and reforming (600–800 ◦C), molar steam to carbon ratio (S/C =2–3), and residence time in the reformer,
represented by the weight hourly space velocity ‘WHSV’ of around 3 were examined for 2h. Ni sup-
ported on calcium aluminate and on ceria–zirconia supports achieved steady state hydrogen product
stream within 90% of the equilibrium yields, although 4% and 1% of the carbon feed had deposited on the
catalysts, respectively, during the combined conditions of start-up and steady state. Addition of dopants
to ceria–zirconia supported catalyst decreased the performance of the catalyst. Increase in S/C ratio had
the expected positive effects of higher H2 yield and lower carbon deposition.
© 2015 The Authors. Published by Elsevier B.V. This is an open access article under the CC BY license
(http://creativecommons.org/licenses/by/4.0/).
1. Introduction
Catalytic steam reforming (CSR), partial oxidation (POX) and
autothermal reforming (ATR) of natural gas are, in decreasing order
of importance, the mainstream methods for hydrogen production
outside of petroleum reﬁneries. This hydrogen is then principally
converted to ammonia and then to synthetic fertilizers suchasurea,
ammonium nitrate, and calcium ammonium nitrate. Increased
need in hydrogen gas due to world population growth [1,2] result-
ing in higher demand in fertilizers [3], reﬁneries [4] and clean
transport fuel [5] combined with a continued pressure to reduce
greenhouse gas emissions motivate research efforts into increas-
ing the efﬁciency of the CSR process and using feedstocks with
lower carbon footprint. In addition, reductions in environmental
emissions along with higher efﬁciencies in comparison to internal
combustion engines have resulted in considerable development in
the area of fuel cells for mobile and stationary applications, with
the required feedstock for mobile (PEM) fuel cells remaining high
purity hydrogen gas. CSR exhibits a wide range of feedstock ﬂex-
ibility, providing higher yields than POX and ATR from a given
feedstock due to the large water contribution to the total hydro-
gen produced. However the overall efﬁciency of the process (the
∗ Corresponding author.
(mH2*LHV/mFeed*LHV) for SR and ATR is in the same range. This
is mainly attributed to the additional fuel demand for the burner in
case of SR.
CSR can be adapted for hydrogen generation from volatile and
semi volatile oxygenated hydrocarbons from biomass conversion
processes. Early hydrogen production through CSR from 1st gener-
ation biofuels like sunﬂower, canola and rapeseed oils [6,7–9] and
later, from biofuels such as the waste crude glycerol by-product
of biodiesel production via transesteriﬁcation of fats [10], waste
or used cooking oil and palm oil fatty acid distillates [11–13], bio-
oils derived from the fast pyrolysis of diverse biomass sources [14]
and associated model compounds [15,16], as well as less ortho-
dox hydrogen carriers like urea and ammonia aqueous solutions
[17,18], have successfully been investigated in recent years. In con-
trast, hydrogen production frombiodiesel is relatively new [19–22]
and few catalytic [23,24] investigations have been reported. Direct
utilization of biodiesel formulations in solid oxide fuel cells (SOFC)
using Ni/YSZ anodes was reported by Nahar and Kendall [25]
and Shitratori et al. [26]. Higher power generation using biodiesel
fuelled SOFC over Ni/ScCZ anode was reported by Quang-Tuyen
et al. [27] in comparison to waste cooking oil fuelled SOFC using
CeO2-Rh anodes by Zhou et al. [28].
According to Xuan et al. [29], as biodiesel consists of shorter
carbon chains in comparison to original oils it would be easier
to convert to hydrogen as compared to the original oils. Further
http://dx.doi.org/10.1016/j.apcatb.2014.12.036
0926-3373/© 2015 The Authors. Published by Elsevier B.V. This is an open access article under the CC BY license (http://creativecommons.org/licenses/by/4.0/).
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Fig. 1. Schematic of the experimental rig used in the investigation. In the ﬁgure MFC-1 and 2-mass ﬂow controllers, V-1, 2, 3–6 valves, MX-1 mixing tee, MX-2 mixing
cross, P-1 and P-2 syringe pumps, TC-1, 2–4 thermocouples, HE-1and HE2 heat exchangers,VP-1 and VP-2 biodiesel and water vaporisers, R-1 reactor and D-1-drying tower,
respectively.
productionof biodiesel is predicted to increase from24billion liters
in 2011 to 42 billion liters in 2021 assuring a steady supply for the
future [30]. Better handling properties of biodiesel (high caloriﬁc
value and low viscosity) compared to vegetable oils could justify
theuse of such a reﬁned fuel as a feedstock for hydrogenproduction
through the CSR process. Waste cooking oil contains high amount
of free fatty acids, responsible for initiating cracking reactions at
the reforming temperatures leading to carbon formation and cata-
lyst deactivation [7]. Life cycle assessment of biodiesel production
using transesteriﬁcationofwaste cookingoilwas reported tohavea
low carbon footprint, promoting the use of biodiesel as a hydrogen
carrier [31].
Alumina supported Ni catalyst are widely used in the CSR of
various hydrocarbons from methane [32] to oxygenated hydrocar-
bons [33] like ethanol, glycerol, vegetable oil [9], waste cooking
oil [11] and bio-oil [14]. The major disadvantage of Ni based cat-
alyst in (CSR) of hydrocarbons is carbon formation on the catalyst
surface affecting the activity [34,35]. The acidic nature of alumina
based catalysts has been shown to promote thermal cracking reac-
tions in CSR of complex hydrocarbons like vegetable oil, resulting
in carbon formation via aromatics and oleﬁn production [6]. One
of the approaches to reduce carbon formations is preparation of
bimetallic catalyst using alkali metals like K and other metals like
Sn [34], and Bi [36]. Addition of K to alumina neutralizes acidic
sites of alumina thereby reducing the possibility of coke forma-
tion via cracking reactions [37]. Carbon gasiﬁcation reaction is
enhanced by K addition affecting carbon deposited on the cata-
lyst surface [38]. It also increases the adsorption of steam on the
catalyst surface [39] affecting steam reforming (SR) reaction (R-1).
According to Trimm [34] carbide formation is an essential interme-
diate route to coke formation, formed by interaction of 2p carbon
electrons with 3d nickel electrons. Penta-valent p metals (such
as Ge, Sn and Pb or As, Sb or Bi) interact with Ni 3d electrons,
reducing the chance of nickel carbide formation in turn affect-
ing carbon formation. Pengpanich et al. [40] found that addition
of Sn to NiO disrupted the active site ensembles responsible for
coking. Solubility of carbon in Ni particles responsible for nickel
carbide formation is also reduced by addition to Sn to Ni cata-
lyst.
In addition to use of bimetallic catalysts, carbon formation can
also be reduced by using different catalyst supports like ceria.
Ceria has a unique ability to release and store oxygen (OSC) under
reducing and oxidizing environments, helping to reduce carbon
formation over the catalyst surface. It is shown to promote metal
dispersion and activity in SR catalyst. It also exhibits superiorwater
gas shift catalytic activity. However, ceria lacks thermal stability
and undergoes sintering at high temperature, affecting OSC of the
material. Ceria consists of eightoxygencations coordinatedat a cor-
ner of a cube, each anion being tetrahedrally coordinated by four
cations. This makes ceria’s structure more stable and prevents the
conversion of Ce4+ to Ce3+ under reducing conditions. Metal deco-
rationhasbeenobserved formetal catalysts supportedon reducible
oxides [41]. Deterioration of catalytic activity is also caused by
decreases in metal surface area on metal supported catalysts [42].
The addition of transition metals like Zr is shown to improve the
resistance of ceria to sintering [43] and enhance reducibility of
ceria resulting in improved OSC of the material [44]. Addition-
ally, the long-term thermal morphological and/or redox stability
of pure ceria has been shown to be improved by the addition of Zr
[45]. As a result of these improved properties of ceria–zirconia mix
oxide, several Ni and noble metal supported on ceria–zirconia mix
oxide, have been successfully investigated for CSR of gaseous and
oxygenated hydrocarbons [46].
The aim of the present study was to optimize hydrogen pro-
duction parameters using CSR of biodiesel. Effects of temperature,
molar steam to carbon ratio (S/C), preheating and reforming tem-
peratures, and reaction time represented by the weight hourly
space velocity (WHSV) in the reformer on the initial performance
of the process were examined for Ni catalysts. The effect of cata-
lyst support (alumina, calcium aluminate and ceria–zirconia) was
investigated. In addition performance of bimetallic catalyst Ni–K
and Ni–Sn were compared with monometallic Ni catalysts.
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2. Experimental
2.1. Reactor set up
The experimental study was carried out in a packed bed reactor
system as shown in Fig. 1. The reactor (R-1) consisted of a 12.7mm
(1/2-in.) o.d. and 25 cm long SS 310 stainless steel tube placed in
an electric furnace (Elite thermal systems). A thermocouple (TC-4)
was inserted from thebottomof the reactor bymeans of a Swagelok
cross ﬁtting, with side arms of the cross connecting a pressure
relief valve and a condenser. The thermocouple was placed exactly
below the catalyst bed. Two vaporisers (VP-1 and VP-2) for con-
verting liquid biodiesel and water were provided. In order to limit
re-condensation of biodiesel downstream of the vaporiser, the fuel
vaporiser was placed exactly above the reactor while the water
vaporiser was placed at an offset. Much care was also taken in min-
imizing the length of ducts between vaporisers and reformer so as
to minimize the risk of pyrolysis of the fuel prior to reaching the
reformer. The vaporisers consisted of solid cylinder heated with
cartridge heaters (Elmatic Cardiff). The vaporiser for biodiesel was
made of aluminum cylinder while stainless steel was used for the
water. A stainless steel tube (1/4 inch o.d.) was passed through the
cylinders, and vaporization occurred by indirect heating from the
heated cylinder.Dual junction thermocouples (TC-1andTC-2)were
placed in both vaporization tubes to measure the temperature and
provide a signal for the controllers (Watlow EZ-zone) regulating
the power provided to the heaters. The vaporisers were fed with
biodiesel and water by means of two syringe pumps (New Era Ltd.,
NE-1000) (P-1 and P-2)whichwere placed above them, using 25ml
SGE gas-tight glass syringes ﬁtted with luer-locks to prevent back
ﬂow of nitrogen in the syringes. Two duct coils (special stainless
steel 316, 1/4 inch o.d.) were placed around the vaporisers to use
their waste heat for preheating the nitrogen gas carrier (HE-1) in
the reactant mixture. The latter was used as inert diluent, through
which the performing of elemental balances was made possible
via a simple nitrogen balance, yielding the total dry gaseous prod-
uct molar rate. This allowed process outputs of hydrogen and other
products yields, aswell as fuel (Xbiod) and steamconversions (XH2O)
to be calculated. In the equivalent real-world industrial process,
nitrogen dilution would not be required. Two separate MKS mass
ﬂow controllers were used for feeding nitrogen and hydrogen, the
latter being used for the pre-reduction step necessary to activate
the nickel catalysts. Steam and vaporized biodiesel were mixed in
a Swagelok ‘tee’ (MX-1) before mixing with the preheated nitrogen
in a cross (MX-2) provided at the top of the reactor. A thermocouple
was also inserted at this point to measure the reactor inlet temper-
ature (TC-3). To prevent steam condensation a heating tape was
provided on the pipe connecting both vaporisers from the bottom
to the tee.
The product gases and condensable vapors from the reactor
were passed through a condenser (HE-2) maintained at 1 ◦C by
means of a chiller (Fisher). The condensed vapors and unreacted
steam were removed and collected from a gas–liquid separator
at the end of experiment. The total organic carbon (TOC) in the
condensate was measured using Hach-Lang IL550 analyser. The
gases collected from the top of the gas–liquid separator were
passed through a silica gel drying tower (D-1) and transferred
to a Varian CP-4900 micro Gas Chromatograph (GC) for analysis.
The gas chromatograph was equipped with two thermal conduc-
tivity detectors. A molecular sieve 5A PLOT, 0.32mm i.d., 10m
length column was used for the analysis of hydrogen, oxygen,
nitrogen, methane and carbon monoxide. Separation of alkenes
like ethylene and propylene in addition to higher alkanes i.e.,
ethane and propane alongwith carbon dioxide and again,methane,
was performed on a Pora-PLOT Q 0.15mm i.d., 10m length
column.
2.1.1. Test procedure
During an experiment the catalyst (pellet or powder depending
on the catalyst) was sandwiched between two plugs of quartz wool
(4mﬁberdiameter) above the reactor bed thermocouple. The cat-
alyst was reduced at the reactor operating temperature by means
of 5 vol% H2/N2 mixture at ﬂow rate of 200ml/min (STP); the com-
pletion of the reduction was conﬁrmed by steady state GC readings
of H2. The reactor was then ﬂushed with 180ml/min (STP) nitrogen
to remove the hydrogen used in the reduction. The vaporisers were
turnedonunder nitrogenﬂow, andonce the temperature set points
were reached, the heating tapewas turned on. Upon stabilization of
thevaporisers and theheating tape set point, nitrogenﬂowratewas
decreased to the desired ﬂow rate and both the pumps delivering
biodiesel and water were switched on.
2.1.2. Main reactions and process outputs
This section describes the main reactions involved in SR of
biodiesel. It also provides the equations used to examine the per-
formance of the process.
2.1.2.1. Reactions involved. The general SR reaction of oxygenated
hydrocarbons is given by (R-1). Steam reacts with the fuel to form
hydrogen and carbon monoxide. The carbon monoxide then reacts
with steam to produce more hydrogen and carbon dioxide via the
water gas shift reaction (R-2). Other reactions (R-3–6) can also
occur during the process.
Steam reforming(SR)CnHmOk+(n − k)H2O
cat→nCO
+
(
m
2
+ n − k
)
H2Hf , 298K > 0 (1)
Water gas shift(WGS)CO + H2O
cat
CO2 + H2Hf , 298K
= −41.2 kJ/mol CO (2)
Decomposition(D)CnHmOk
cat→
(
n
2
− k
)
C+
(
3m
8
− n
2
)
H2+
n
4
CH4
+
1
4
CnHm + kCO
Hf , 298K > 0
(3)
Coke gasiﬁcation(GS)C + H2O
cat
CO + H2Hf , 298K = 131.3kJ/mol C
(4)
Methanation(METH)CO + 3H2
cat
CH4 + H2OHf , 298K
= −206.2 kJ/mol CO (5)
Boudouard(BD)2CO
cat
CO2 + CHf , 298K = −172.5 kJ/mol CO2 (6)
2.1.2.2. Processes output. The process performance was measured
in termsofmainoutputs of hydrogenyield (YH2 , wt%) andhydrogen
yield efﬁciency (YH2 ,eff) calculatedusing Eqs. (i)–(ii). Fuel and steam
conversions (Xbiod and XH2O) along with selectivity to carbon con-
taining products (SC−i) and to hydrogen containing products (SH−i)
using Eqs. (iii)–(viii) were used to discuss the reaction mechanisms
responsible for the H2 yield results. In the equations, n, m and k are
the molar numbers of carbon, hydrogen and oxygen atoms in the
biodiesel of elemental formula CnHmOk (moisture free basis) and
n˙ denotes a molar ﬂow rate, e.g., n˙biod, in and n˙H2O, in are the feed
molar ﬂow rates of biodiesel and water, n˙out, dry is the molar ﬂow
rate of dry gases leaving the reactor. In addition, yi is the dry mol
fraction of gas product species i, andWi is themolarmass of species
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i. Subscripts ‘exp’ and ‘eq’ denote experimental and equilibrium
calculation results, respectively, while ‘in’/‘out’ refer to inlet/outlet
conditions.
YH2(wt%) =
mass ﬂow rate o fH2produced
mass ﬂow rate of biodiesel
× 100
=
(
WH2 × yH2 ×
·
nout,dry
Wbiod ×
·
nbiod,in
)
× 100 (i)
YH2(eff%) =
(
(YH2)exp
(YH2)eq
)
× 100 (ii)
The H2 yield efﬁciency (YH2(eff)) calculated by (Eq. (ii)) is the ratio
of the average H2 yield during the experiments to the H2 yield
calculated at chemical equilibrium for the sameconditions. Accord-
ingly, YH2(eff) values permit comparisons of catalytic activity forH2
production by different catalysts.
The biodiesel conversion (Xbiod) is calculated on the basis of
carbon containing gas products only.
Xbiod =
·
nCgas,out
n˙C,in
=
( .
n˙out, dry(yCO + yCO2 + yCH4 + 2yC2H4 + 2yC2H6 + 3yC3H6 + 3yC3H8 )
n × n˙biod, in
)
×100 (iii)
Full carbon balance is then derived over the period of the exper-
iments (2h). It comprised of carbon accumulated on the catalyst
surface, inaddition to thecarboncollected in thecondensates (mea-
sured by CHN–O analysis) and the carbon leaving with the gases.
The carbon leaving with the three streams collectively accounts to
‘C out’, in moles, compared to the moles of C in the biodiesel feed
(‘C in’). An elemental analyser (Flash EA2000 by CE Instruments)
was used to determine the C, H, N and O (CHN–O) on the catalyst.
Closeness to carbon closure was expressed in % by 100× (1- C out/C
in) in tables, with small values (<5%) representing good closure.
The steam conversion (XH2O) is derived from a hydrogen bal-
ance, i.e. the molar ﬂow of water consumed equals the molar ﬂow
of (2H) contained in all the gases minus the molar ﬂow of (2H) con-
tained in the converted biodiesel; this neglects the hydrogen that
may have been present on the coked catalyst or in the condensates.
XH2O =
(
n˙H2O,in − n˙H2O,out
n˙H2O,in
)
× 100 ≈
(
n˙(2Hin gas products) − n˙(2H in converted biodiesel)
n˙H2O, in
)
×100 (iv)
XH2O ≈
⎛
⎜⎝
.
n˙out, dry(yH2 + 2yCH4 + 2yC2H4 + 3yC2H6 + 3yC3H6 + 4yC3H8 )
−0.5mXbiodn˙biod
n˙H2O, in
⎞
⎟⎠× 100
(v)
Steam conversion efﬁciency (H2O conv(eff)) uses the same deﬁni-
tion as for the H2 yield efﬁciency, i.e., it is the ratio of average steam
conversion obtainedduring the experiments (XH2O)exp to the steam
conversion calculated at chemical equilibrium (XH2O)eq and allows
comparison of catalysts’ activity.
H2O conv(eff%) =
(
(XH2O)exp
(XH2O)eq
)
× 100 (vi)
Selectivity to hydrogen containing gas products is a simple ratio
of the dry mol fraction of the product of interest (i.e., H2, CH4, C2H6,
C2H4, C3H6 or C3H8) divided by the sum of all of them.
SH−H2 =
(
yH2
.
yH2 + yCH4 + yC2H4 + yC2H6 + yC3H6 + yC3H8
)
× 100
(vii)
Selectivity to carbon containing gas products is calculated in a
similar way:
SC−CO =
(
yCO
.
yCO + yCO2 + yCH4 + yC2H4 + yC2H6 + yC3H6 + yC3H8
)
×100 (viii)
Thus methane and the higher gaseous hydrocarbons have two
types of gas product selectivity: hydrogen containing, e.g., SH −
C H4, and carbon containing, e.g., SC − C H4.
The basic thermal efﬁciency of the global reaction of SR of
biodiesel is evaluated using Eq. (ix).
Reforming(eff%) =
(
n˙H2 × LHVH2
n˙biod,in × LHVbiod
)
× 100 (ix)
In Eq. (ix), LHV refers to the lower heating values of hydrogen
and biodiesel in kJ/mol. The LHV of biodiesel used was 37.5 kJ/mol.
The thermodynamic equilibrium calculations for comparison
with experiments were performed using a Gibbs free energy mini-
mization method using the chemical equilibrium and applications
(CEA) software provided by NASA. The thermodynamic properties
for methyl esters were obtained from Osmont et al. [47].
2.2. Catalyst preparation
A 17wt% cerium doped zirconia oxide (Ce0.12Zr0.88O2) and
hydroxide supplied by MEL chemicals, UK, were utilized in catalyst
preparation. The hydroxide material to be used as a support was
initially calcined at 600 ◦C for 6h, while the oxide was pre-calcined
by the manufacturer. Nickel supported on ceria–zirconia (calcined
in-house) was prepared using wet and dry impregnation methods.
In the case of the wet impregnation method, the calculated quan-
tity of nickel nitrate was dissolved in 50ml water and the calcined
support was added to the solution and stirred for three hours, with
the wet material dried overnight in an oven at 120 ◦C and calcined
at 600 ◦C for 6h. In the dry impregnation method, the calculated
amount of nitrate salt was added to 50ml water that was added
dropwise to the catalyst support via a burette. Once a paste was
formed the addition was stopped and the material was dried over
a hot plate to evaporate the water; this procedure was repeated
until all the solution had been added and the material was dry. The
drying procedurewas performed 4–5 times. The solidwas then cal-
cinedusing the samemethodology (600 ◦C for6h). Thepre-calcined
oxide supplied by the manufacturer was used in the preparation of
10wt% Ni and 10wt% Ni doped with 2wt% K and 2wt% Sn using
the described wet impregnation method. This loading of NiO was
chosen based on XRD and surface area results of a range of loadings
(10–30wt%). The 10wt% NiO loaded catalyst showed highest sur-
face and smallest crystallite size (Table2). The results for 20–30wt%
NiO loaded catalyst are not shown here.
Two catalysts supplied by industrial collaborators were also
tested. One was 18wt% NiO supported on -alumina provided by
Johnson Matthey Plc and the other was a 15wt% Ni supported on
calcium aluminate provided by TST Ltd. The 18wt% NiO supported
on -alumina was tested as received after particle size reduction.
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Table 1
Ultimate and proximate analyses of the biodiesel, and chemical composition by gas chromatography.
Ultimate and proximate analysis Esters (wt.%)
Cwt.(%) 75.35 Methyl laurate (C13(0)) 0.09
Hwt.(%) 13.53 Methyl myristate (C15(0)) 0.33
Owt.(%) 11.10 Methyl palmitate (C17(0)) 16.86
Volatile wt.(%) 99.63 Methyl palmitoleate (C17(1)) 0.34
Carbon residues wt.(%) 0.28 Methyl stearate (C19(0)) 3.88
Ash wt.(%) 0.10 Methyl oleate (C19(1)) 51.34
Caloriﬁc value (MJ/kg) 37.5 Methyl linoleate (C19(2)) 21.29
Acid value (mg KOH/g) 0.92 Methyl linolenate (C19(3)) 1.69
Free fatty acid wt.(%) 0.46 Methyl arachidate (C20(0)) 0.56
Methyl gadoleate (C21(1)) 0.90
Methyl behenate (C23(0)) 0.16
Methyl erucate (C23(1)) 0.43
Methyl lignocerate (C25(0)) 0.16
Unknown 1.96
The same catalyst was also tested after doping with K using the
wet impregnation method to obtain a 18wt% NiO/1.67wt% K, sup-
ported on -alumina. These catalysts were in pellet form and were
crushed to obtain particles 0.85–2mm. These particle sizes were
selected to prevent diffusion limitations [14].
The 18wt% Ni supported on -Al2O3 and 1.67wt% K doped
18wt% Ni supported on -Al2O3 catalyst henceforth will be rep-
resented by ‘Ni/Al’ and ‘Ni–K/Al’ in the paper. Similarly 10wt% Ni,
2wt% K and Sn doped 10wt% Ni supported on Ce0.12Zr0.88O2 will
be represented by Ni/Ce–Zr, Ni–K/Ce–Zr and Ni–Sn/Ce–Zr, respec-
tively. Nickel supported calcium aluminate will be represented by
Ni/Ca–Al.
2.3. Characterization of biodiesel and catalysts
Elemental CHN–O analysis of the biodiesel sample was per-
formed using an Elemental Analyser (Flash EA2000 by CE
Instruments). CHN–O was also used to determine the carbon con-
tent on the catalyst after use, and in the condensates collected
during experiments. Proximate analysis of the biodiesel samples
was performed by thermo-gravimetry using a TGH1000 (Stanton
Redcroft). A 180mg biodiesel sample was subjected to heating at
5 ◦C/min from ambient to 400 ◦C with 50ml/min of nitrogen fol-
lowed by 25 ◦C/min from 400 ◦C to 900 ◦C under same nitrogen
ﬂow. Finally 50ml/min of air was introduced at 900 ◦C and the
sample was held for 10min. Caloriﬁc value of the biodiesel was
obtained using bomb calorimetry (Parr Instruments model-6200).
The acid value determination of the biodiesel was performed using
British Standard EN14104 (2003) method. The biodiesel’s compo-
sition in fatty acid methyl esters was obtained by means of gas
chromatograph (Clarus 500, PerkinElmer) ﬁtted with ﬂame ioniza-
tion detector, using a 100m long, 0.25mm i.d. and 0.25m ﬁlm
thickness, fused silica column (SUPELCO SPTM 2380).
Catalysts were characterized by powder X-ray diffraction (XRD)
using aBruckerD8 instrument bymeansofXCuK radiation. Phase
analysis based on the XRD data was obtained using the X’Pert High
Score Plus software. Rietveld reﬁnement was used to measure the
phase compositions of NiO, Al2O3 and Ce–Zr as well as the crys-
tallite sizes (Scherrer equation accounting for peak broadening by
instrument and strain) [48]. Thedispersion ofNi on the catalystwas
calculated using (Eq. (x)), assuming that all particles were identical
spheres.
D(%) =
(
fA
NA
)
×
(
S
V
)
× 100 (x)
In (Eq. (x)),A is the atomicweight of Ni (58.6 gmol−1),  the speciﬁc
mass (ordensity)ofNi is8.9×10−21 gnm−3, is theaveragesurface
area occupied by one Ni atom at the surface, which was assumed
to be 0.065nm2.NA is the Avogadro’s number (6.022×1023 mol−1).
S/V is the surface area to volume ratio and f is the fraction of surface
of the active phase which is effectively exposed to the reactants
(biodiesel and steam) during the CSR reaction. It was assumed that
f=1 and S/V for spherical particles was calculated to 6/d, where d
is the crystallite size of Ni in nm, obtained from XRD.
Surface area, pore-size and pore-volume analysis of the cata-
lysts were obtained using Quantachrome Nova 2200 surface area
analyzer, usingnitrogenadsorption. Thesampleswerevacuumout-
gassed at 300 ◦C for 3h before the analysiswas carried out. The SEM
imaging of the used catalyst was used to observe carbon formation
on the catalyst surface with a Hitachi SU8230. The EDX analysis
of the samples was performed using an INCA 350 EDX system
ﬁtted with an 80mm2 X-Max SDD detector, Oxford Instruments.
The chemical characterization of all the samples was conducted
by using INCA and Aztec software supplied by Oxford Instruments.
The samples were prepared a day before the analysis. The samples
were suspended in methanol and were placed on the stubs. The
methanol was evaporated and the sample was decontaminated in
an ozone treatment chamber to remove unwanted hydrocarbons
from the sample. The treated sample was stored in vacuum in the
same chamber prior to analysis.
3. Results and discussion
3.1. Characterization of biodiesel
According to the results of the proximate analysis shown in
Table 1, more than 99.5wt% of the biodiesel consisted of volatile
organic compounds, with minimum amount of carbon residue and
ash content of less than 0.1wt% (Table 1). Most of the volatiles
were released between 190 and 400 ◦C. This would have allowed
complete vaporization of the reforming feedstock at relatively
low temperatures for optimum reaction conditions between the
feedstock and steam over the catalyst bed. Gas chromatogra-
phy determined the biodiesel consisted mainly of methyl oleate
(51wt%), methyl linoleate (21wt%), methyl palmitate (17wt%) and
methyl stearate (4wt%), as shown in Table 1.
The elemental molar composition derived for this biodiesel
based on the ultimate analysis was C18.07H38.59O2, which was used
in performing the elemental balances for the experimental out-
puts Eqs. (i)–(viii). With this formula the maximum theoretical H2
yield (not taking into account equilibrium limitations) would have
been 37.5wt%, corresponding to complete conversion to CO2 and
H2. However, using the composition derived by GC analysis and
neglecting the unknown 1.96wt% content listed in Table 4, the
elemental formula for the FAMEs mixture became C18.07H38.59O2,
in slight discrepancy with the formula derived from the ultimate
analysis. The GC-derived biodiesel formula of C18.75H35.34O2 cor-
responded to a maximum theoretical H2 yield of 36.7wt%. On this
basis, it is fair to estimate that the maximum theoretical H2 yield
was ca. 37wt%. The stoichiometricmolar steamtocarbon ratio (S/C)
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Table 2
XRD and BET analyses of fresh and used Ce–Zr supported nickel catalysts prepared using impregnation method.
Catalyst/Support BET
(m2/g)
Cryst. size (nm) Pore size(nm) PoreVol.
(cm3/g)
Ni Disp (%) Ce–Zr
(wt%)
NiO or Ni (wt %)
Ce–Zr NiO/Ni
Fresh
In house calcined Ce–Zr 60.35 11.22 – 6.03 0.18 – – –
pre-calcined Ce–Zr 101.46 11.55 – 4.73 0.22 – – –
NiO/Ce–Zra 59.70 11.41 15.49 4.69 0.13 6.35 90.50 9.50
NiO/Ce–Zrb 66.59 11.62 23.98 4.73 0.14 4.22 9.70 9.30
NiO/Ce–Zrc 88.78 11.92 13.59 3.58 0.18 7.47 90.52 9.47
NiO–K2O/Ce–Zrc 60.88 12.19 13.54 6.08 017 6.72 90.13 9.87
NiO–SnO/Ce–Zrc 63.59 11.38 13.74 4.68 0.16 7.22 90.25 9.75
Used
Ni/Ce–Zrc,d 60.49 12.67 12.72 6.04 0.19 7.95 93.38 6.62
Ni–K/Ce–Zrc,d 27.86 12.67 16.94 11.61 0.12 5.97 91.35 8.64
Ni–Sn/Ce–Zrc,d 59.66 12.62 11.79 6.04 0.21 8.57 90.73 9.26
a Catalyst prepared using wet impregnation of in-house calcined Ce–Zr support.
b Catalyst prepared using dry impregnation of in-house calcined Ce–Zr support.
c Catalysts prepared using wet impregnation of pre-calcined Ce–Zr support.
d The catalyst performancewas evaluated at 650 ◦C, using S/C of 3 andWHSVof 3.18h−1 with vaporiser temperatures of 190 and 170 ◦C for biodiesel andwater, respectively.
The tested catalyst were prepared using wet impregnation of pre-calcined Ce–Zr support.
for complete SR of the biodiesel to CO2 and H2 products was 1.9.
The GC composition was used as basis to determine, the molar
input for performing the chemical equilibrium calculations using
CEA. Equilibrium H2 yield as well as biodiesel and steam conver-
sions represent the actual maximum values that the experimental
H2 yield, biodiesel (Xbiod) and steam conversion (XH2O) can take at
given temperature, pressure and feed ﬂow rates.
3.2. Catalyst characterization
The characterization of the fresh and used Ceria–zirconia – and
Al2O3 supported – catalysts is discussed in this section. The X-ray
diffraction data for the Ni/Ca–Al catalyst is not provided as the
catalyst contained large amount of amorphous material making it
difﬁcult to perform Rietveld reﬁnement.
3.2.1. Powder X-ray diffraction
3.2.1.1. Fresh catalysts. Table 2 lists the characteristics of the fresh
and used Ce–Zr supported catalysts prepared using impregnation
methods. Phase compositions and crystallite sizes were derived
from performing Rietveld reﬁnement on the XRD spectra. Fig. 2a
shows theXRDspectra for the catalysts preparedusingwet impreg-
nation and dry impregnation methods on the in-house calcined
Ce–Zr support. Fig. 2b corresponds to the XRD spectra of the
catalysts prepared utilizing wet impregnation method on the pre-
calcined Ce–Zr support supplied by MEL chemicals, UK.
The diffraction peaks for Ce–Zr were observed at 2 of 29, 35,
49, 59, 81 and 94◦, respectively, with highest intensity peak at
29◦. A cubic crystal system with tetragonal crystalline structure
was observed. Absence of peaks responsible for pure ZrO2 at 51◦
(2 20) and 61◦ (3 11) suggested the existence of a homogeneous
solid solution of Ce–Zr and complete incorporation of Zr in the
cerium crystal structure. Both the bare supports i.e., pre- and in-
house calcined supports (Fig. 2b) yielded identical data, inferring
thatbothsupports consistedof the samecomponents i.e., Ce–Zrmix
oxide; therefore the in-house calcination of the cerium–zirconium
hydroxide resulted in the complete formation of Ce–Zr mix oxide.
The 2 values of 37, 43 62–63, 75 and 79◦ shown in Fig. 2a–c are
attributed to the diffraction of NiO in the sample [49].
The crystallite size of Ce–Zr remained constant throughout:
∼11.5nm. The method of preparation had a signiﬁcant effect on
the NiO crystallite sizes, with the wet impregnation method result-
ing in signiﬁcantly lower size as compared to the dry impregnation
method (15.5 vs. 24nm). The NiO crystallite size of the catalyst
prepared using wet impregnation of the pre-calcined Ce–Zr was
slightly smaller than that of the in-house calcined Ce–Zr support
(13.5 vs. 15.5nm) but not signiﬁcantly so. The dispersion of NiO
was affected by the crystallite size, with catalyst prepared by wet
impregnation of pre-calcined Ce–Zr showing highest dispersion.
TheNiOoxide crystallite sizes in the freshNi/Ce–Zr,Ni–K/Ce–Zr and
Ni–Sn/Ce–Zr catalysts prepared using pre-calcined Ce–Zr support
were very similar (Table 2), resulting in similar dispersion values.
But small amount of micro strain was observed in case of the
doped fresh Ni–K and Ni–Sn catalysts. Peaks attributed to K2O and
SnO were not observed suggesting ﬁne dispersion of the dopants
on Ce–Zr and hence they were not detected by XRD. Pengpanich
et al. [40] reported similar results in the case of Ni–Sn/Ce–Zr
catalysts utilized in partial oxidation of iso-octane. The existence
Table 3
As Table 2 for the Al2O3 supported catalysts.
Catalyst BET (m2/g) Reactor
T (◦C)
Vapouriser
T (◦C)
WHSV
(h−1)
NiO or Ni (wt. %) Al2O3 (wt.%) NiO or Ni
Cryst. size (nm)
Fresh
NiO/Al 5.71 – – – 17.7 82.3 47.9
NiO–K2O/Al 2.27 – – – 18 82 34.69
NiO/Ca–Al 33.59 – – – – – –
Used
Ni/Al – 600 365 3.52 13.8 86.2 30.91
Ni/Al 3.83 650 365 3.52 13.8 86.2 34.91
Ni/Al 4.71 700 365 3.52 13.9 86.1 31.87
Ni/Al 2.21 800 365 3.52 13.7 86.3 38.13
Ni/Al 3.39 650 190 3.18 13.7 86.3 31.06
Ni-K/Al 2.02 650 190 3.18 15.7 84.3 37.79
Ni/Ca–Al 21.30 650 190 3.18 – – –
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Fig. 2. X ray diffraction patterns for fresh Ni catalysts. (a) Ni catalysts prepared using wet and dry impregnation of in-house calcined Ce–Zr support, (b) Ni catalysts supported
on precalcined Ce–Zr support, and 2(c) fresh Ni/Al and Ni–K/Al catalysts. NiO oxide peaks are marked by (o), while (+) and (*) are peaks of Ce–Zr and Al supports.
of peaks attributable to single-phase Ni3Sn, Ni3Sn2 and Ni3Sn4
were not detected either in the present Ni–Sn/Ce–Zr catalysts.
Similarly to Table 2 for the Ce–Zr catalysts, Table 3 lists the char-
acteristics of the fresh and used Al2O3 supported catalysts. Fig. 2c
shows the XRD spectra for fresh Ni/Al and Ni–K/Al catalysts. The 2
values of 25, 35–37, 43 and 52–57◦ are attributed to Al2O3 in the
catalyst with highest intensity peak occurring at 43◦. Addition of K
to fresh Ni/Al catalyst was shown to reduce signiﬁcantly NiO crys-
tallite size (from 48 to 35nm). Higher micro strain was observed in
case of Ni–K/Al catalyst in comparison to bare Ni/Al catalyst. Like
the Ni–K/Ce–Zr catalyst, no peaks for K2O were observed in fresh
Ni–K/Al catalyst. In dry reformingof propaneusingMo–Ni/–Al2O3
catalyst, Siahvashi and Adensia [50] reported that K2O was ﬁnely
dispersed over Mo–Ni/–Al2O3 catalyst and could not be detected
by XRD. The Rietveld reﬁnement allowed to derive 17.7 and 18wt%
for NiO content in the case of the fresh Ni/Al and Ni–K/Al catalysts,
respectively.
3.2.1.2. Used catalysts. Fig. 3a and b shows the XRD spectra for
the used Al2O3 and Ce–Zr supported catalysts, respectively. Peaks
attributed to Ni were observed at 2 values of 44, 51, 76 and 91,
with highest intensity displayed at 44◦. No peaks pertaining to NiO
were observed in any of the catalysts, indicating effective reduction
during the H2 ﬂow pre-treatment and no deactivation of the cata-
lyst by re-oxidation during their use. Phase composition and crystal
sizes for the used Ni/Al catalysts are included in Table 3. The aver-
age Ni content of the used Al2O3-supported catalyst was around
13.8wt% compared to the expected value of 14.5wt% calculated
from fully reducing the 17.7wt% NiO of the fresh, oxidized catalyst.
This would suggest that a small amount of Ni may have corroded
from the catalyst and was carried out of the reactor into the
condensate similarly to [51]. The Ni crystallite sizes of the Al2O3-
supported catalyst increased slightlywith temperature as expected
by sintering of Ni (from 31 at 600 ◦C to 38nm at 800 ◦C in Table 3).
After use, Ni–K and Ni–Sn catalyst exhibited higher Ni con-
tent as compared to bare Ni/Ce–Zr catalyst. The Ni content in
Ni–Sn/Ce–Zr catalyst was 9.2wt% in comparison to 6.2 and 8.6wt%
in Ni/Ce–Zr and Ni–K/Ce–Zr catalyst. The Ni crystallite size of the
used Ni–K/Ce–Zr catalyst was higher as compared to Ni/Ce–Zr and
Ni–Sn/Ce–Zr catalysts.
3.2.2. Surface area and pore structure
Representative nitrogen adsorption–desorption isotherms of
the wet and dry impregnated NiO supported on in-house calcined
Ce–Zr oxide with their BJH (Barrett–Joyner–Halenda) pore size dis-
tribution of the corresponding samples are shown Supplement 1.
The adsorption–desorption isotherms of wet impregnated Ni, Ni–K
and Ni–Sn catalyst supported on pre-calcined Ce–Zr support with
their respective BJH pore size distributions of these catalysts are
shown inSupplement2. Thesurfacearea, pore sizeandporevolume
results for the fresh and used catalysts prepared using in-house
calcined and pre-calcined Ce–Zr supports are listed in Table 2. The
surface area of fresh and used Ni/Al and Ni/Ca–Al catalysts is doc-
umented in Table 3.
See Excel sheet 1 as supplementary ﬁle. Supplementry mate-
rial related to this article found, in the online version, at
http://dx.doi.org/10.1016/j.apcatb.2014.12.010.
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Fig. 3. X ray diffraction patterns for used (a) Al2O3 and (b) Ce–Zr (pre-calcined)
supported catalysts. Ni peaks are marked with (×) and Ce–Zr and Al supports are
marked by (+) and (*).
See Excel sheet 1 as supplementary ﬁle. Supplementry mate-
rial related to this article found, in the online version, at
http://dx.doi.org/10.1016/j.apcatb.2014.12.010.
The isotherm for all the Ce–Zr supported catalysts can be
attributed to type IV and exhibits type H1 hysteresis, which
presents the typical characteristic of capillary condensation in
mesoporous (between 2 and 50nm) and contains either ink bot-
tle or trough shaped pores. Chen et al. [52] and Aasberg-Petersen
[53] reported similar observations for Al2O3 and silica modiﬁed
Ce–Zr oxides. In the case of surfactant assisted preparation of 5wt%
Ni/Ce0.6Zr0.4O2 catalyst, Sukonket et al. [54] reported the existence
of type IV isotherm exhibiting H2 hysteresis. The surface area of
the pre-calcined support was 68% higher than the in-house cal-
cined support (101 vs. 60m2/g). This suggests that the in-house
calcination processes were less homogeneous compared to those
employed by the manufacturer. The surface area obtained with
the dry impregnation method was slightly higher than with the
wet impregnation method for the in-house calcined Ce–Zr sup-
port (67 vs. 60m2/g). On the other hand, the fresh Ni/Ce–Zr catalyst
prepared with the pre-calcined support exhibited the highest sur-
face area (89m2/g), compared to those prepared using in-house
calcined support. The addition of dopants to Ni/Ce–Zr catalyst
decreased appreciably the surface area of the pre-calcined sup-
ported catalyst (61–64m2/g from 89m2/g). The surface area of the
Al2O3 supported catalysts (Ni/Al and Ni/K–Al) was considerably
less as compared to Ca–Al and Ce–Zr ones. Surface areas of 5.7 and
2.3m2/g were noted for fresh Ni/Al and Ni/K–Al catalysts (Table 3).
Fresh Ni/Ca–Al exhibited a surface area of 33m2/g.
The nitrogen adsorption–desorption isotherms of the used Ni,
Ni–K and Ni–Sn catalyst supported on pre-calcined Ce–Zr are rep-
resented inSupplement3.Afteruse, the surfaceareaof theundoped
catalyst decreased from 88 to 60m2/g, suggesting a substantial sin-
tering of the catalyst. This was observed through SEM analysis of
the sample. Fig. 4 shows a SEM image of the used Ni/Ce–Zr cata-
lyst. The presence of small cluster of Ni crystallites was observed
around the support (Fig. 4). This was conﬁrmed by EDX spec-
tra of the clusters revealed by high Ni intensity in the examined
spectra.
See Excel sheet 1 as supplementary ﬁle. Supplementry mate-
rial related to this article found, in the online version, at
http://dx.doi.org/10.1016/j.apcatb.2014.12.010.
The highest surface area decrease was observed for the K-
doped catalyst, for which a 56% decrease was observed (28m2/g vs.
61m2/g). In contrast with the undoped Ni and the Ni–K catalysts,
the Ni–Sn catalyst exhibited very small decrease in surface area
(59m2/g vs. 63m2/g). Surface area of the Ni/Al catalysts decreased
with rise in temperature (Table 3). Highest reduction in the surface
area with Ni/Al catalyst was observed in the evaluation performed
using 800 ◦C as the reactor operation temperature. As compared to
the fresh catalyst, 61% reduction in the surface area of the Ni/Al
catalyst was recorded at 800 ◦C (2.2m2/g vs. 5.7m2/g). This sug-
gests that Ni/Al catalyst evaluated at 800 ◦C underwent signiﬁcant
amount of sintering. The Ni/Ca–Al catalyst also exhibited reduc-
tion in surface area similar to Ni/Ce–Zr catalyst. After use, the
surface area of the catalyst reduced from 33 to 21m2/g. Among
the Al2O3 based catalysts Ni–K/Al catalyst exhibited negligible
decrease in surface area, this was small to start with (2.0m2/g
vs.2.2m2/g).
Table 4
Carbon balance of CSR of biodiesel based on total input mol of C (Cin = 1.08×10−1 mol) over duration of experiment (7200 s), with output (Cout) consisting of mol C converted
to gases, volatiles in the condensate and deposited on catalyst. All experiments at S/C of 3 except one (* S/C =2). ‘Vprsr’ is ‘vaporiser’.
Catalyst Reactor Vprsr WHSV 100× [1− (Cout/Cin) Carbon on catalyst Carbon in condensate Carbon in gases
T (◦C) T (◦C) (h−1) % Mol % C out Mol % C out Mol % C out
Ni/Al 600 365 3.52 6.2 1.7E−02 16.3 7.2E−04 0.2 8.5E−02 83.5
Ni/Al 650 365 3.52 13.2 4.0E−03 4.3 1.9E−04 0.2 9.0E−02 95.5
Ni/Al 700 365 3.52 0.4 7.6E−03 7.0 3.6E−05 0.0 1.0E−01 92.9
Ni/Al 800 365 3.52 11.9 1.7E−03 1.8 3.3E−05 0.0 9.3E−02 98.2
Ni/Al 650 190 3.18 10.6 4.0E−03 4.2 7.7E−05 0.1 9.3E−02 95.6
Ni–K/Al 650 190 3.18 15.7 3.3E−03 3.6 5.5E−05 0.1 8.8E−02 96.3
Ni/Ca–Al 650 190 3.52 7.0 6.0E−03 6.2 2.1E−04 0.2 9.4E−02 93.6
Ni/Ca–Al 650 190 3.18 0.1 3.7E−03 3.5 2.5E−05 0.0 1.0E−01 96.4
Ni/Ca–Al 650 190 2.85 11.6 2.7E−03 2.8 1.5E−05 0.0 9.3E−02 97.1
Ni/Ca–Al* 650 190 3.18 7.1 7.3E−03 7.3 0.0E+0 0.0 9.3E−02 92.7
Ni/Ce–Zr 650 190 3.18 2.4 1.4E−03 1.3 2.6E−04 0.2 1.0E−01 98.5
Ni–K/Ce–Zr 650 190 3.18 3.9 6.5E−03 6.3 4.3E−05 0.0 9.7E−02 93.7
Ni–Sn/Ce–Zr 650 190 3.18 7.0 3.0E−03 3.0 1.5E−04 0.0 9.7E−02 97.0
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Fig. 4. The SEM image used Ni/Ce–Zr catalyst at 15 K mag with the EDX spectra. The catalyst was tested in CSR of biodiesel at S/C of 3 with reactor temperature of 650 ◦C and
WHSV of 3.18h−1.
3.3. Catalyst performance evaluation
The catalytic performance of the biodiesel SR was evaluated
usingabiodiesel ﬂowrateof 0.978ml/handvarying steamﬂowrate
between 1.95ml/h and 2.92ml/h based on intendedmolar steam to
carbon ratio. Nitrogen ﬂow rate was varied from 50 to 30ml/min to
adjust the WHSV (weight hourly space velocity = ratio of total feed
mass ﬂow rate, including N2, to catalyst mass).
3.3.1. Effect of temperature
The Ni/Al catalyst was selected to determine the effect of tem-
perature on the performance of the process. This was evaluated
using biodiesel liquid ﬂow rate of 0.978ml/h (20 ◦C) and liquid
water ﬂow of 2.92ml/h (20 ◦C), resulting in a molar steam to car-
bon ratio of 3, with nitrogen gas ﬂow rate of 50ml/min (STP), using
365 ◦C and 170 ◦C vaporiser temperatures for biodiesel and water,
respectively. The biodiesel ﬂow rate accounted for a carbon feed
rate of 1.50×10−5 mol s−1 for all the experiments, which is used to
perform the carbon balance over the initial 7200 s of steady state.
As seen in Table 1, the biodiesel tested mainly consisted of a
mixture of fatty acid methyl esters of 19 carbon length (77.7wt%
of combined oleate, linoleate and stearate) with smaller amounts
of C17 (16.9wt% palmitate), 1.5wt% C21 (arachidate and gadoleate)
and 0.59wt% C23. It is unlikely that the SR reaction (R-1) involves
the direct reaction of steam with these very long molecules to pro-
duce CO and H2. Instead, it is expected that the FAMEs ﬁrst break
up into smaller fragments under thermal and catalytic effects (cat-
alytic cracking) and that the smaller fragments then undergo SR,
similarly to what Marquevich et al. [6] proposed for vegetable oil
feedstock.
The effect of temperature on the main process outputs of CSR of
biodiesel is shown in Fig. 5 which contains the hydrogen data (H2
yield YH2 , H2 yield efﬁciency YH2(eff), and selectivity (SH−H2) and
process efﬁciencies (H2O conv (eff), Reforming (eff)).
Fig. 5. Effect of temperature on YH2 (wt%) and SH–H2 (%) using Ni/Al catalysts at S/C
of 3 and WHSV of 3.52h−1 with biodiesel and water vaporiser temperatures set to
365 and 170 ◦C respectively.
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Fig. 6. Effect of temperature on biodiesel CSR (a) (Xbiod) (XH2O), and (b) (SC) using
same conditions as Fig. 5.
Hydrogen yield efﬁciencies of ca. 80% were found at all tem-
peratures in the range (600–800 ◦C) except 700 ◦C where a peak to
87% was recorded, evidencing conditions not quite at, but closest
to equilibrium. The decrease in yield above 700 ◦C would be as a
result of sintering of the catalyst (Table 3), resulted in lower yield
efﬁciency. This is evident from slight increase in methane selectiv-
ity. Methane selectivity increased from 0.1 to 0.5% with increase in
temperature from 700 to 800 ◦C. The efﬁciencies corresponded to
experimental H2 yields between 21.1wt% and 26.3wt% and equi-
librium H2 yields between 27.3 and 29.4wt% at 600 and 800 ◦C,
themselves signiﬁcantly lower than the theoretical maximum of
37wt%. The H2 yield efﬁciencies were mirrored by the steam con-
version efﬁciency (H2O conv (eff), which peaked at 77%, making
clear that the hydrogen produced originated from reaction with
water through SR and water gas shift, although on the basis of Fig. 5
alone, thewater gas shift contributionwasnot identiﬁable. Reform-
ing efﬁciency followed the same trends. Selectivity to hydrogen
increased from 95% to 99.8% between 600 and 800 ◦C.
Overall these main outputs indicated that hydrogen production
during the initial stages of CSR of biodiesel, as reﬂected in the dura-
tion of the experiments, is possible with decent hydrogen yield and
high selectivity. The reasons for hydrogen yield efﬁciencies below
100% are explored below by considering the feedstock conversion
to the desirable gases CO2, and to a smaller extent CO as indica-
tor of changing water gas shift contribution, and to the unwanted
by-products such as CH4, C2–C4 gases, carbon on the catalyst, and
carbon in condensates. These are shown in Fig. 6a, which plots the
fuel (Xbiod) and steam conversions (XH2O), Fig. 6b with the selec-
tivity to carbon gases, including equilibrium values, and Table 4,
which lists the individual contributions (gas/condensate/catalyst)
to the carbon balance.
In Table 4, the carbon balance does not include carbondeposited
on parts other than the catalyst, e.g., reactor walls, feeding lines,
the difﬁculty residing in collecting thin layers of this carbonaceous
residue in inaccessible sections of the experimental set up. This
partly explains why the molar carbon balance 100× (1- Cout/Cin)
was in some cases within 12–13mol% of the carbon feed rather
than the desired range below 5mol%. It is assumed that poor clo-
sure of the carbonbalancewas contributedby conditionswere coke
deposited on parts other than the catalyst via homogeneous ther-
mal decomposition reactions prior to reaching the catalytic active
sites.
Although equilibrium conditions predicted complete biodiesel
conversion, the experimental conversion of biodiesel to gas phase
carbon products (Xbiod) exhibited a rise from 80% at 600 ◦C to 92%
at 700 ◦C, and upon further temperature increase, it decreased
slightly, with similar observations made for steam conversion
(28–33%) (Fig. 6a).
Lowest conversion of biodiesel to gas phase carbon products
(Xbiod) was observed at 600 ◦C (Fig. 6a) as a result of higher carbon
formation on the catalyst surface due to decomposition reaction.
This is expressed by carbon on the catalyst equivalent to 16% of
Cout, the total carbon measured in the products (Table 4). For this
run, 6% of the carbon feed were unaccounted for, which were most
likely coke generated elsewhere in the set up. In terms of utilization
of the biodiesel, the 600 ◦C condition reﬂected three pathways: [i]
non-catalytic thermal decomposition (R-3), [ii] catalytic thermal
decomposition (R-3) and Boudouard (R-6), and [iii] SR (R-1). The
ﬁrst two would have caused lower H2 yield due to non-conversion
of the steam reactant. The low steam conversion of 28.6%, equiv-
alent to just 62% efﬁciency at 600 ◦C supports this interpretation.
Formation of small amount of alkenes i.e., C2H4 was detected at
this temperature, which is a known soot precursor [55]. A small
amount of C2H6 was alsodiscovered,which, alongwithCH4, further
impacted on hydrogen yield and selectivity. Carbon on the catalyst
at 650 ◦C was lower compared to 600 ◦C, accounting for just 4% of
Cout (Table 4). This was likely due to the reverse Boudouard reac-
tion (rev R-6), affecting accordingly the selectivity to CO and to CO2
(Fig. 6b).
At 700 ◦C, the temperature of highest H2 yield efﬁciency (87%),
biodiesel and steam conversions increased under combined effects
of increase in SR (R-1), SMR (R-5), and decomposition reaction (R-
3). The carbon balance for 700 ◦C was near zero, while the carbon in
the condensates was negligible, indicating the products were gases
CO,CO2, CH4 and somecokeon the catalyst (7%ofCout). This implied
the fuel conversion was now predominantly consisting of catalytic
reactions (SR i.e., R-1), SMR (rev R-5), thermal decomposition (R-
3), but no longer non catalytic thermal decomposition. This can be
explained by faster kinetics of (R-1) which would have deprived
(R-3) of biodiesel reactant. Increase in hydrogen yield (Fig. 5)
along with selectivity to H2 and CO (Figs. 5 and 6b) support the
hypothesis. Selectivity to methane decreased with increasing tem-
perature, following equilibrium trends which were adverse to the
methanation reaction (R-5) and favourable to SMR (rev R-5). High-
est biodiesel and steam conversions of 96.3% and 36.3% at 700 ◦C
(Fig. 6a) resulted in the highest hydrogen yield efﬁciency recorded
in these experiments. At similar S/C of 2.5 and 700 ◦C with WHSV
of 1.967h−1, Pimenidou et al. [11] reported lower fuel (waste cook-
ing oil) and steam conversions i.e., 86.3% and 35.7%, respectively.
Finally at 800 ◦C, both biodiesel and steam conversions declined,
lowering the hydrogen yield. High temperature promoted reverse
water gas shift reaction (rev R-2) limiting the conversion of H2O
to H2 (Fig. 6a) leaving some CO unreacted. However, the H2 yield
efﬁciency also decreased between 700 and 800 ◦C from 87.2% to
80.6% (Fig. 5), suggesting conditions moving further away from
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Fig. 7. Catalytic performance of Ni supported on Al2O3 and Ce–Zr catalysts (a) YH2 (wt%), YH2 (eff) and (SH and SC), and (b) (Xbiod) and (XH2O), steam (H2O conv eff) and
reforming efﬁciency, in CSR of biodiesel at S/C of 3 and WHSV of 3.18h−1 using 190 and 170 ◦C as biodiesel and water vaporiser temperatures.
equilibrium than at 700 ◦C. As a temperature rise favors the kinetics
of the reactions at work, this drop in H2 yield (eff) reﬂected a deac-
tivation of the catalyst. This could be caused by loss of surface area
and to sintering of Ni crystallites as listed in Table 3. Although the
yield of hydrogen at 800 ◦C was lower compared to 700 ◦C, 99.8%
hydrogen selectivity was observed as result of negligible selectiv-
ity to methane, in agreement with equilibrium trend. The lower
yield of hydrogen is here explained by a lower catalytic activity
which then re-opens the competing biodiesel conversion path to
non-catalytic thermal decomposition (R-3), evidenced by the poor
carbon balance closure (12%) in spite of little carbon deposition on
the catalyst (1% of Cout, Table 4).
To summarize the effects of temperature, 600 ◦C sees lower
hydrogen yield and selectivity caused by catalytic thermal decom-
position and Boudouard reactions resulting in coke in the reactor
and on the catalyst alongside with methanation. At 650 ◦C, metha-
nation decreases but non catalytic decomposition increases (poor
balance closure), at the same time, reverse Boudouard reaction
eliminates carbon on the catalyst. At 700 ◦C, SR is at its most active,
mitigated by some reverse water gas shift, dominating over the
unwanted pathways of decomposition (good balance closure). At
800 ◦C, the catalyst shows signs of deactivation in a context of
stronger reverse water gas shift, re-opening the path of biodiesel
conversion to non catalytic thermal decomposition yielding carbon
and hydrogen products. However for this catalyst, carbon deposi-
tion remained an issue, as 7% of Cout was still measured for the
temperature with the highest H2 yield efﬁciency (700 ◦C, 87% H2
yield eff).
3.3.2. Effect of catalyst
Zhu [56] found that pyrolysis of biodiesel began above 350 ◦C.
According to our TGA results on biodiesel samples under nitrogen
ﬂow, biodiesel starts vapourizing around 190 ◦C (Supplement 5),
evidenced by a large gradient of mass loss. To prevent our biodiesel
feedstock from undergoing pyrolysis prior to contacting the cata-
lyst while maximizing feedstock conversion by CSR, the vaporiser
temperaturewas lowered to 190 ◦C to evaluate the effect of catalyst
characteristics on the efﬁciency of the hydrogen production. The
effect of catalyst on the CSR processes was examined at S/C of 3 at
650 ◦Cusing 190 and 170 ◦C as vaporiser temperatures for biodiesel
and water respectively at a WHSV of 3.18h−1 with constant carbon
feed rate of 1.50×10−5 mol s−1. According to XRD and BET results,
the smallest crystallite size and highest surface area was exhib-
ited by the Ni supported on pre-calcined Ce–Zr prepared by wet
impregnation, hence this catalyst was selected for the evaluation.
Similarly, the doped catalysts were prepared by the same method
using the pre-calcined Ce–Zr support. The Ce–Zr supported cata-
lysts were mixed with quartz sand particles of 150–200m size
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Fig. 8. Effect of WHSV on the performance of CSR of biodiesel (a) YH2 (wt%), YH2 (eff), and (SH and SC), and (b) (Xbiod) and (XH2O), (H2O conv eff) and reforming efﬁciency, using
Ni/Ca–Al catalyst at 650 ◦C with S/C of 3.0 and WHSV of 3.18h−1. The biodiesel and water vaporisers for this evaluation were set to 190 and 170 ◦C, respectively.
in a mass ratio of 75:25 to make up 2.0506g of reactor load. The
catalyst was sandwiched between two quartz wool plugs (4m
diameter ﬁber).
See Excel sheet 1 as supplementary ﬁle. Supplementry mate-
rial related to this article found, in the online version, at
http://dx.doi.org/10.1016/j.apcatb.2014.12.010.
The performance of the catalysts in terms of hydro-
gen yield was as follows: Ni/Ce–Zr≥Ni/Ca–Al >Ni–Sn/
Ce–Zr >Ni–K/Ce–Zr >Ni/Al >Ni–K/Al (Fig. 7a). Highest hydro-
gen yields of 27.8wt% and 27.0wt%, representing yield efﬁciencies
of 93.5% and 91%, were obtained for the Ni/Ce–Zr and the Ni/Ca–Al,
respectively. These were accompanied by highest biodiesel
reforming and steam conversion efﬁciencies among all the cata-
lysts (Fig. 7b). Hydrogen selectivity for all the catalysts was above
97% (Fig. 7a). In CSR of palm fatty acid distillate (PFAD) using Rh
and Ni supported on Ce0.75 Zr0.25O2 selectivity to hydrogen of 70
and 56.7% were reported by Laosiripojana et al. [57] and Shotipruk
et al. [58] using S/C of 3 at 800 and 900 ◦C, respectively.
Biodiesel conversions (Xbiod) of 96.0% and 96.1% with 37.8% and
41.3% steam conversions (XH2O) were obtained with Ca–Al and
Ce–Zr supported catalysts, respectively. Vagia and Lemonidou [59]
reported the beneﬁts of using calcium aluminate supported SR cat-
alysts. They found that Ni was distributed at the boundaries of
the grains facilitating the high degree of dispersion. Further, the
smaller crystallites of Ni over the support contributed to the differ-
ence indispersion and causedhigh reforming activity. Thepresence
of Ca in the case of calcium aluminate based catalyst has shown to
inﬂuence the performance of the catalyst [60]. Formation of less
crystalline carbon was observed in Ca modiﬁed catalysts which
were more easily gasiﬁed (R-4) during the CSR reaction. Addition
of Ca decreased the acidity of the Al2O3 and increased the adsorp-
tion of steam while providing the Ni catalyst the proximity and
abundance of adsorbed OH groups affecting the performance of the
catalyst [61].
In the case of Ce–Zr based catalyst, the presence of Ce has been
found to result inhigher conversionandwatergas shift activity [62].
Ce addition iswell known to promotemetal activity anddispersion,
resulting in high catalytic activity (Table 2). Similarly the presence
of Ce increases adsorption of steam thereby promoting steam con-
version. Higher CO2 selectivity and steam conversion during the
CSR reaction suggested higher water gas shift reaction (R-2) activ-
ity. It was reported that CeOx enhances the dissociation of H2O
and accelerates the reaction of steam with adsorbed species on the
nickel surface near the boundary area between metal and support,
thus decreasing the carbon deposition (as seen in Table 4) and pro-
moting the stability of the catalyst during reforming [63]. Higher
surface area for both catalysts (Ni/Ca–Al and Ni/Ce–Zr) compared
to Al2O3 alone supported catalyst (Ni/Al and Ni–K/Al) could also be
one of the reasons for higher catalytic activity, as in [64].
Biodiesel conversion decreased by 5% over Ni–K/Al catalyst rel-
atively to Ni/Al (Fig. 7b). Addition of K to Al2O3 catalysts here
reduced catalytic activity of Ni/Al catalyst. As steam adsorption
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Fig. 9. Effect of S/C molar ratio on the performance of CSR of biodiesel using Ni/Ca–Al (a) YH2 (wt%), YH2 (eff) and (SC and SH), (b) (Xbiod) and (XH2O), (H2O conv eff) and
reforming efﬁciency, using Ni/Ca–Al catalyst at 650 ◦C and WHSV of 3.18h−1 using 190 and 170 ◦C as biodiesel and water vaporiser temperatures.
increases due to addition of K, steam conversion remained unaf-
fected. Borowiecki et al. [65] reported that addition of potassium in
SMR reduces the formation of CHx fragments on the nickel surface
and increased steam adsorption on the catalyst surface resulting in
lower catalytic activity.
Likewise in case of Ni–K/Ce–Zr, biodiesel and steam conversion
decreased by 6% and 5% relatively to Ni/Ce–Zr. The decrease in
biodiesel andsteamconversionwithNi–K/Ce–Zr canbe the result of
higher carbon formation on the catalyst surface (Table 4) or sinter-
ing of Ni crystallites (Table 3). Supplement 4 shows the SEM image
of used Ni–K/Ce–Zr catalyst tested at the same conditions tested
at the same conditions mentioned in the Fig. 7. It can be seen that
the catalyst surface is covered with carbon and formation of car-
bon nano tubes was observed over the catalyst surface. In all the
three Ni/Ce–Zr, Ni–K/Ce–Zr and Ni–Sn/Ce–Zr catalysts, Ni–K/Ce–Zr
catalyst showed the highest carbon formation.
See Excel sheet 1 as supplementary ﬁle. Supplementry mate-
rial related to this article found, in the online version, at
http://dx.doi.org/10.1016/j.apcatb.2014.12.010.
It was hoped that addition of K would reduce carbon forma-
tion, but this ability of the catalyst is dependent on the position
and amount of K on the catalyst surface. According to Borowiecki
et al. [32] location of K on the catalyst plays an important role in
resistance of K containing catalyst to carbon formation. A part of
K is in an intimate contact with nickel, whereas the other part is
distributed over the support. In catalyst where K–Ni interaction
dominates, K promoted catalyst exhibits lower resistance to car-
bon formation. Further decreased surface area of the catalyst in our
evaluations could also be one of the reasons for lower activity of
the catalyst.
Biodiesel and steam conversions of 90.0% and 39.4% were mea-
sured over Ni–Sn/Ce–Zr catalyst (Fig. 7b). Reduction in the catalytic
activity compared to Ni/Ce–Zr, could be as a result of surface cover-
age of active Ni sites by Sn reducing the activity of the catalyst [40].
Similar behaviorwas reportedbyNikolla et al. [66] in SMRusing S/C
of 0.5 at 800 ◦C using Ni/YSZ catalyst. Addition of Sn was reported
to increase the stability of the catalyst but was shown to reduce
activity; a 25% decrease in the activity was reported with 5wt%
Sn doped Ni/YSZ catalyst. Formation of relatively higher amount of
carbon on the surface of Ni–Sn/Ce–Zr compared to Ni/Ce–Zr could
be one of the reasons for lower activity of the catalyst, resulting
from formation of alkenes [55].
In general, selectivity to carbon gases was very close to equi-
librium. Alumina based catalysts i.e., Ni/Al, Ni–K/Al and Ni/Ca–Al
showedhigher CO and lower CO2 selectivity compared to the Ce–Zr
supported catalysts (Ni/Ce–Zr, Ni–K/Ce–Zr and Ni–Sn/Ce–Zr). This
could be as a result of lower water gas shift activity of the Al2O3
supported catalyst in comparison to Ce–Zr ones. Addition of K to
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the catalysts (Ni/Al and Ni/Ce–Zr) slightly increased selectivity to
CH4. According to Meeyoo et al. [67] addition of K to the catalyst is
shown to decrease methane activation on Ni sites, thus decreasing
SMR (R-5) activity and resulting in higher selectivity to CH4. Selec-
tivity to CH4 was highest over Ni–Sn/Ce–Zr among all the catalysts
examined.
Formation of alkenes like C2H4 and C3H6 observed for the
Ni/Ce–Zr andNi–Sn/Ce–Zr catalystswere very similar. AdditionofK
to the catalyst was shown to prevent the formation of alkenes over
Ce–Zr supported catalysts. The Ce–Zr supported catalyst showed
relatively small amount of unaccounted carbon as compared to
other catalysts examined.
3.3.3. Effect of reaction time and molar steam to carbon ratio
To study the effect of reaction time, represented by the inverse
of the WHSV, and of S/C on the performance of the CSR of biodiesel,
the Ni/Ca–Al was selected for the evaluation because it had one
of the best efﬁciencies of H2 yield of all the catalysts studied.
The effect of WHSV was studied using S/C of 3 at 650 ◦C and
is shown in Fig. 8. Maximum conversions of both biodiesel and
steam and therefore H2 yield (27wt%) were observed at 3.18h−1,
with very good mass balance closure (Table 4). Increase in WHSV
increased the amount of carbon in the condensate as observed by
CHN–O analysis (Table 4) which could suggest increased pyrolysis
of biodiesel.
The effect of S/C ratio on the performance of Ni/Ca–Al in CSR
of biodiesel at WHSV of 3.18h−1 and 650 ◦C is represented in
Fig. 9. Fuel conversion increased with S/C following Le Chate-
lier’s principle, while, as expected from conditions of excess steam,
steam conversion decreased. Near stoichiometric steam conditions
(S/C =2) resulted in higher formation of carbonaceous deposits and
biodiesel cracking products (Table 4), resulting in lower hydro-
gen yield compared to S/C=3. Similarly to all the experiments,
the selectivity to individual gases was very close to the equivalent
equilibrium value.
4. Conclusion
Hydrogen can be successfully produced via catalytic steam
reforming of biodiesel. Effect of S/C, temperature, WHSV, catalyst
andbiodiesel characteristics on the earlyH2 yield andother process
outputs such as carbon deposition on the catalyst was examined
over the ﬁrst 2h of steady state operation. Ni supported on Ca–Al
and on Ce–Zr supported catalysts exhibited the best performances,
with H2 yield efﬁciencies of 91% and 94%, respectively, at reformer
temperature 650 ◦C, WHSV of 3.18h−1, S/C of 3, with biodiesel pre-
heat temperature of 190 ◦C, i.e., just under biodiesel vaporization
point,which suppressednon catalytic thermal decompositionprior
to CSR. Carbon deposition on the catalyst represented 3.6% and
1.3% of the carbon feed in these conditions for the Ni/Ca–Al and
the Ni/Ce–Zr catalysts, respectively. Longer runs of the order of at
least 100h would be required to obtain more realistic steady state
carbon deposition data, as this tends to vary in the early period of
industrial catalyst life. Addition of dopants like K and Sn had a neg-
ative effect on theH2 yield. Increase in S/C fromnear stoichiometric
to moderate excess of steam conditions had the expected positive
effect on theprocess performance (biodiesel and steamconversion)
thus improving hydrogen yield.
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